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Gas holdup, bubble behavior, interfacial area and gas–liquid mass transfer in a 5 m internal-loop airlift
reactor with non-Newtonian fluid were studied in the superficial gas velocity (Ug) range of 2–12 cm/s.
Air and aqueous CMC solutions of 0–0.45 wt% were used as the gas and liquid phases, respectively. It was
found that increased Ug or CMC concentration led to a wider bubble size distribution and an increase in
the bubble Sauter diameter. The volumetric mass transfer coefficient increased with an increase in Ug
irlift reactor
ass transfer

ubble size distribution
nterfacial area
on-Newtonian fluid

and a decrease in CMC concentration. In the air–water system, kla/˛g was found to be independent of Ug

and was 0.2 1/s, and a constant liquid-side mass transfer coefficient (kl) was found in the heterogeneous
regime. However, in the air–CMC solution system, the influences of the superficial gas velocity and liquid
viscosity were much more complicated: kla/˛g was not constant and was affected by the superficial gas
velocity and CMC concentrations; the interfacial area increased with an increase in Ug and a decrease in
CMC concentration; kl increased more significantly with increasing Ug, and no obvious trend was found

conce
for the influence of CMC

. Introduction

Airlift reactors are widely used in chemical and biochemical
ndustrial processes, because of their simple construction, good
eat transfer, low shear rate, low power input and easy scale up
1,2]. Mass transfer is one of the most significant factors in pro-
ess design and reactor scale up, and has been intensively studied
n airlift reactors during the past decades [3–9]. However, most of
hese studies have focused on experimental determination of the
olumetric mass transfer coefficient (kla), which is a global param-
ter that depends on reactor geometry, operating conditions and
hase properties [7,10–14]. The common approach to describe kla

s to correlate it with the factors that affect it. The separation of
iquid-side mass transfer coefficient (kl) and interfacial area (a)
an allow the identification of whether kl or a controlled the mass
ransfer rate. However, only a few investigations focus on such
mprovement [9,15–18]. In this work, we performed this study on
he influence of non-Newtonian fluid.

In fact, the mass transfer rate in an airlift reactor depends on

as holdup, flow regime, bubble size distribution, bubble breakup
nd coalescence, interfacial area and liquid-side mass transfer coef-
cient [19]. Further, local measurements of these parameters are
eeded because they can provide much more details than global
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E-mail addresses: wangtf@tsinghua.edu.cn, wangtf@flotu.org (T. Wang).
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ntration on kl .
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measurements [1,20,21], and can be used for validations of com-
putational fluid dynamics (CFD) simulations [22].

The reactor size has a significant influence on the hydrodynam-
ics and mass transfer rate [14,23–25]. It is commonly accepted that
the hydrodynamics becomes independent of the column size only
when the column diameter (D), column height (H), and aspect ratio
(H/D) are larger than certain threshold values [2]. Wilkinson et
al. [26] suggested that H should be larger than 1–3 m. However,
most works on the airlift reactor in the literature have used reac-
tors of about 2 m [10,13,27,28], and only some works have used a
reactor of 4 m high [5,6,29,30]. Therefore, an investigation using a
larger airlift reactor will be valuable for a better understanding of
the scale up behavior. In addition, most works on airlift reactor in
the literature has been carried out with Newtonian fluid and much
limited attention has been paid on studies of non-Newtonian or
high viscosity liquid systems [15,27,31–34], despite the fact that
in many chemical reactors the fluids have a relatively high viscos-
ity or exhibit non-Newtonian behavior [35]. Different from that of
Newtonian fluid, the viscosity of non-Newtonian fluid is depen-
dent of shear rate. For instance, the viscosity of the shear thinning
non-Newtionian fluids decreases when shear rate increases [36].
Further, the results in the literature are still not enough for a bet-

ter understanding on the influence of non-Newtonian fluid. For
example, Li et al. [32] studied the influence of non-Newtonian fluid
on the hydrodynamics and mass transfer using a wide range CMC
concentration of 1–4% in a 3.9 m high internal airlift reactor. How-
ever, this work was limited to experimental determination of kla

http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:wangtf@tsinghua.edu.cn
mailto:wangtf@flotu.org
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Nomenclature

Notations
al gas–liquid interfacial area per unit liquid volume,

m−1

alarge gas–liquid interfacial area of large bubble, m−1

asmall gas–liquid interfacial area of small bubble, m−1

a gas–liquid interfacial area per unit dispersion vol-
ume, m−1

Ad cross-sectional area of the downcomer, m2

Ar cross-sectional area of the annular riser, m2

Cl oxygen concentration in the liquid, kg/m3

C∗
l

saturation oxygen concentration in the liquid,
kg/m3

Csensor liquid phase oxygen concentration given by sensor,
kg/m3

db bubble diameter, m
dS bubble Sauter diameter, m
h height, m
K consistency index, Pa sn

kl liquid-side mass transfer coefficient, m/s
klarge liquid-side mass transfer coefficient of large bubble,

m/s
ksmall liquid-side mass transfer coefficient of small bubble,

m/s
ksensor sensor time constant, s−1

kla volumetric mass transfer coefficient based on dis-
persion volume, s−1

klal volumetric mass transfer coefficient based on liquid
volume, s−1

n flow index, arbitrary units
P pressure, Pa
t time, s
Ug superficial gas velocity, cm/s
Ugr superficial gas velocity in the riser, cm/s

Greek symbols
˛g gas holdup, arbitrary units
˛gd gas holdup in the downcomer, arbitrary units
˛gr gas holdup in the riser, arbitrary units
� shear rate, s−1

�app apparent viscosity, Pa s
� shear force, N/m2

�l liquid density, kg/m3

Subscripts
d downcomer
g gas phase
l liquid phase
r riser

a
a
i
a

g
t
(
v
t
l

where K is the consistency index, and n is the flow index. The
nd the reactor used a single-hole sparger, which was not usually
dopted in industrial reactors. Therefore, the investigation on the
nfluence of non-Newtonian fluid is needed, especially in a large
irlift reactor.

This work studied the gas holdup, bubble behavior and
as–liquid mass transfer rate in a 5 m high internal-loop airlift reac-
or with water and aqueous solution of carboxyl methyl cellulose
CMC). The influences of the CMC concentration and superficial gas

elocity (Ug) on the global and local gas holdup, bubble size dis-
ribution, volumetric mass transfer coefficient, interfacial area and
iquid-side mass transfer coefficient were investigated.
Fig. 1. Schematic of the experimental set-up.

2. Experimental

2.1. Experimental apparatus

The schematic of the experimental apparatus is shown in Fig. 1.
The internal-loop airlift reactor used was made of Plexiglas. It
comprised four main parts: annular riser, downcomer, gas–liquid
separator and gas distributor. The total height of the reactor was
5 m. The riser was 0.28 m inner diameter (i.d.), and 4.1 m high. The
separator was 0.48 m i.d., and 0.9 m high. The draft tube was 0.19 m
outer diameter, 0.18 m i.d., and 4.0 m high. The gas distributor was
an annular perforated plate with 196 holes of 1 mm diameter, thus
the gas was only injected into the annular riser.

2.2. Physical properties

Air was used as the gas phase. Tap water and aqueous CMC solu-
tion of 0.2–0.45 wt% were used as the liquid phase. The apparent
viscosity of the CMC solutions was measured by a viscometer, and
can be expressed as [37]:

�app = �

�
= K�n−1 (1)
measured values of K and n are listed in Table 1. To illustrate the
characteristic viscosity of the liquid phase, the apparent viscosities
at the shear rate of 200 s−1 are also listed in Table 1.
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Table 1
Phase properties of CMC solution.

Concentration, wt% Density, kg/m3 K, Pa sn n � (� = 200 s−1), Pa s
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0.2 1001.5
0.3 1002.5
0.4 1003.5
0.45 1004.0

.3. Measuring method

.3.1. Global gas holdup
The global gas holdups in the riser and downcomer were

easured with the pressure drop method. Both the riser and
owncomer had two tap ports at 0.4 m and 3.6 m above the gas
istributor. Differential pressure transducers were used to mea-
ure the pressure drop. The sampling frequency was 10 Hz. In most
as–liquid flows, the pressure drop due to the viscosity can be
eglected compared to static pressure drop, and the pressure drop
�P) between the two tap ports with vertical distance of h is [38]:

P = �1gh(1 − ˛g) (2)

here �l is the liquid density and ˛g is the gas holdup.
The pressure drops in the riser (�Pr) and downcomer (�Pd)

ere measured through the taping ports connected to them. From
he measured �Pr and �Pd, the gas holdups in the riser (˛gr) and
owncomer (˛gd) could be respectively determined from Eq. (2).

The global gas holdup in the reactor is:

g = ˛grAr + ˛gdAd

Ar + Ad
(3)

here Ar and Ad are the cross-sectional area of the annular riser
nd downcomer, respectively.

.3.2. Bubble behavior and local gas holdup
The bubble characteristics and local gas holdup were measured

.0 m above the gas distributor with a dual-tip electrical conduc-
ivity probe, which is shown in Fig. 1. The distance between the
wo tips was 1.25 mm. The measuring principle was based on the
ifferent conductivities of the gas and liquid, which gave differ-
nt output voltage signals when the probe tip was in contact with
ifferent phases. The bubble chord length, rise velocity, size dis-
ribution and local gas holdup were obtained from the measured
ignals by the use of a previously published algorithm [39].

.3.3. Mass transfer
The volumetric mass transfer coefficient kla was determined by

he oxygen desorption technique. An oxygen probe (LDOTM HQ10,
ACH Company, U.S.A.) placed at 2.0 m above the gas distributor
as used to measure the change in oxygen concentration with time.

he sensor constant was calibrated by switching the sensor envi-
onment from a nitrogen-saturated liquid to an air-saturated liquid
40]. Assuming that the probe has a first order response and the liq-
id phase was perfectly mixed, the oxygen concentration measured
y the sensor in an air-saturated liquid, Csensor, can be calculated
sing:

dCsensor

dt
= ksensor(C∗

l − Csensor) (4)

here ksensor was time constant of the sensor, and C∗
l is the oxygen

alue when the probe had been put in the air-saturated liquid for

long enough time. The results showed that ksensor changed only

lightly in the ranges of the gas velocity and liquid viscosity used in
his work. Thus, an average value of ksensor, which was 0.1 s−1, was
sed for convenience. The CSTR model was used to determine kla.
ssuming that the liquid was perfectly mixed and oxygen accu-
0.0065 0.955 0.0051
0.0209 0.911 0.0130
0.0487 0.823 0.0191
0.0973 0.732 0.0235

mulation in the gas phase was negligible, the mass transfer rate
measured by the sensor was given by [41]:

Csensor

C∗
l

= 1
ksensor − k1a1

[ksensore
−k1a1t − k1a1e−ksensort] (5)

where klal was the volumetric mass transfer coefficient per unit
volume of liquid. The relationship between klal and kla was:

k1a1 = k1a

(1 − ˛g)
(6)

It should be pointed out that there was a difference between the
mass transfer rates in the riser and in the downcomer. The volu-
metric mass transfer coefficient measured in this work was a global
value of the whole reactor. Then kla was determined by fitting the
experimental curve to Eqs. (5) and (6). The liquid-side mass transfer
coefficient was determined by:

k1 = k1a

a
(7)

where a was the interfacial area, which was calculated using:

a = 6˛g

dS
(8)

3. Results and discussion

3.1. Gas holdup

3.1.1. Global gas holdup
Fig. 2(a)–(c) shows the influence of Ug and CMC addition on

the gas holdups in the riser, downcomer and the overall reactor.
The value of Ug for flow regime transition was about 5 cm/s in the
air–water system, and decreased to about 4 cm/s in highly viscous
media. In the homogenous regime, the gas holdup increased lin-
early with Ug; while in the heterogeneous regime, the increase of
gas holdup slowed down due to bubble coalescence. These results
were in agreement with the study of Hwang and Cheng [42]. Fig. 2
also indicates that the gas holdup decreased with an increase in
CMC concentration. There were more large bubbles in the viscous
liquid. Large bubbles had a short residence time, thus led to a
decrease in the gas holdup [34]. It should be noted that the gas
holdups in 0.4 wt% and 0.45 wt% CMC solutions were quite similar
at Ug ≤ 6 cm/s. Similar phenomena were also found in the literature.
The study of Hwang and Cheng [42] showed that the gas holdup
in the downcomer in 0.8 wt% CMC solution was higher than that in
0.5 wt% CMC solution. The study of Fransolet et al. [36] showed that
the gas holdups were close in the 4 wt% and 5 wt% xanthan solu-
tions at Ug ≤ 8 cm/s. The reason was two opposing folds: one was
that the bubble rise velocity decreased with an increase in liquid
viscosity, which led to a longer bubble residence time and a higher
gas holdup; the other was that the bubble rise velocity increased
with an increase in bubble diameter, which in turn increased with
an increase in liquid viscosity due to reduced bubble breakup. At
Ug ≤ 6 cm/s, with an increase in liquid viscosity, the decrease in

gas holdup due to increased bubble diameter was counteracted
by the effect of decreased bubble velocity. Thus, the gas holdups
in 0.45 wt% were similar to that in 0.4 wt% CMC solution. While at
Ug > 6 cm/s, bubble coalescence and breakup became more inten-
sive, and the increase in bubble diameter caused by increased liquid
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ig. 2. Effects of superficial gas velocity and CMC concentration on gas holdup (a)
iser; (b) downcomer; (c) overall.

iscosity was dominant. As a result, the gas holdup in 0.45 wt% CMC
olution was lower than that in 0.4 wt% solution. The gas holdups in
he riser and downcomer for water, 0.3 wt% and 0.45 wt% CMC solu-
ions are shown in Fig. 3. It was found that the difference between

as holdups in the riser and downcomer increased with an increase
n CMC concentration. The increased CMC concentration (appar-
nt viscosity) led to an increase in the fraction of large bubbles
hat passed through the riser without being entrained into the

ig. 3. Effect of CMC concentration on difference between gas holdups in riser and
owncomer.
Fig. 4. Effect of CMC concentration on radial profile of gas holdup in riser.

downcomer. Thus, the gas holdup in the downcomer decreased and
the difference between gas holdups in the riser and downcomer
increased.

3.1.2. Local gas holdup
The influences of Ug and CMC concentration on the radial pro-

files of the gas holdup in the riser are shown in Fig. 4(a)–(c). The
radial profiles of the gas holdup were quite flat at a low Ug and
became much non-uniform at a high Ug. The radial profile of the
gas holdup was determined by the lateral forces on gas bubbles
exerted by the liquid flow. The lateral forces include the later lift
force, turbulent dispersion force, and wall lubrication force. It has
been reported that in a bubble column, bubbles larger than 5.8 mm
are exerted a negative lift force and migrate toward the reactor cen-
ter, while bubbles smaller than 5.8 mm are exterted a positive lift
force and migrate toward the reactor wall [43,44]. The turbulent
dispersion force is due to the gas holdup profile and flow turbu-
lence, and tends to smooth the radial profile of the gas holdup.
At Ug = 2 cm/s, the reactor was in the homogenous regime and
the bubble coalescence was negligible, thus the bubble size dis-
tribution was relatively narrow, with a smaller Sauter diameter.
In this regime, the radial profile of the gas holdup was significantly
affected by the gas distributor. While at Ug = 8 cm/s, the reactor was
in the heterogeneous regime and bubble coalescence was frequent,
thus the bubble size distribution was wider and the Sauter diam-
eter was larger. The lift force acted on large bubbles forced them

to migrate toward the reactor center and when the lift force and
the turbulent dispersion force reached a balance, a parabolic pro-
file was formed. This analysis was also confirmed by the discussion
on the bubble size distribution in Section 3.2.1.
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though with a few number.
The influence of Ug on the bubble Sauter diameters is shown

in Fig. 7. The bubble Sauter diameter slightly increased with an
increase in Ug, and significantly increased with an increase in CMC
concentration. Yoshimoto et al. [15] also found that bubble Sauter
Fig. 5. Effect of superficial gas velocity on bubble size distribution.

.2. Bubble behavior

.2.1. Bubble size
The bubble behavior was measured 2 m above the gas distribu-

or, where the flow was fully developed. Bubble size distribution
s determined by the gas distributor, phase physical properties,
perating conditions, and reactor geometry [45,46]. Fig. 5(a)–(c)
how the influence of Ug on the bubble size distribution for water,
nd 0.2 wt% and 0.4 wt% CMC solutions, respectively. The distribu-
ion was relatively narrow at a low Ug, and became wider with an
ncrease in Ug. These are in agreement with the results in the litera-
ure [47,48]. In the homogenous regime, gas holdup and turbulence
ntensity were low, thus bubble breakup and coalescence were neg-
igible, and the bubble size distribution was mainly determined
y the gas distributor and liquid properties. In the heterogeneous
egime, bubble breakup and coalescence were quite frequent. As
result, a wider bubble distribution was obtained where bubble

reakup was balanced by bubble coalescence.
The influence of CMC concentration on the bubble size distri-

ution for three Ug is shown in Fig. 6. The bubble size distribution
ncreased with an increase in CMC concentration. For instance, at
g = 2 cm/s, the bubble size ranged from 2.8 mm to 13 mm in the
ir/water system; while bubbles larger than 18 mm appeared in the
.45 wt% CMC solution. The increase in CMC concentration (liquid
iscosity) led to a decrease in turbulence intensity, which in turn
ecreased the bubble breakup and coalescence. Further, the bubble

reakup was more sensitive to liquid viscosity than bubble coales-
ence, thus the bubble size distribution shifted to larger size with
n increase in CMC concentration. The researches on the bubble
oalescence show that there are three main mechanisms, namely
ubble coalescence due to turbulent eddies, different bubble rise
Fig. 6. Effect of CMC concentration on bubble size distribution.

velocities and bubble wake entrainment [22]. The spherical cap
bubbles formed at Ug = 2 cm/s were mainly due to the coalescence
due to different rise velocities. In addition, with the low turbulence
intensity due to low Ug and high liquid viscosity, bubble breakup
is very weak and these spherical cap bubbles could stably exist,
Fig. 7. Effects of superficial gas velocity and CMC concentration on Sauter diameter.
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the sum of the liquid velocity and bubble slip velocity. The bubble
velocity was more sensitive to liquid velocity because the varia-
tions of slip velocity for 2–10 mm bubbles were relative small. An
estimation of the variation of liquid velocity could be made from
Fig. 8. Effects of superficial gas velocity and C

iameter increased with an increase in liquid viscosity but was
pproximately independent of Ug.

.2.2. Bubble rise velocity
The bubble rise velocity affects the gas holdup and the residence

ime of gas phase. With an increase in Ug, the bubble rise velocity
ncreased and its distribution became wider and bimodal distri-
utions emerged in a high Ug, or even emerged in a low Ug in a
ighly viscous CMC solution, as shown in Fig. 8. The influence of
g on the bubble rise velocity in an airlift reactor was associated
ith bubble wake effect. When the gas holdup increased with Ug,

he bubble number within a bubble swarm also increased, which
esulted in a decrease in the drag force and an increase in the bub-
le rise velocity. On the other hand, an increased Ug enhanced flow
urbulence and bubble breakup and coalescence, and resulted in a
ider distribution of the bubble rise velocity. The two peaks of the

imodal distributions mainly appeared at 0.5–0.75 m/s and 1.5 m/s,
hich are corresponding to the small bubble (<10 mm) velocity

nd spherical cap bubble velocity, respectively. It is noted that the
ise velocity of spherical cap bubbles was unchanged, in agree with
he research of Krishna and Ellenberger [49] that showed the rise
elocity of large bubble were not influence by liquid properties.
he bimodal distribution of bubble rise velocity appeared at a low
g in a highly viscous CMC solution, as shown in Fig. 8(d). This was
greed with the data of bubble size distribution, which showed that
pherical cap bubbles emerged even at a low Ug in a higher CMC

oncentration. In general, the bubble rise velocity was influenced by
he local gas holdup, bubble size and liquid velocity. A higher CMC
oncentration led to bimodal distributions of the bubble size and
ubble rise velocity. Fig. 9 shows the influence of Ug and CMC con-
entration on the average bubble rise velocity. The average bubble
oncentration on bubble velocity distribution.

rise velocity increased with an increase in Ug and a decrease in CMC
concentration. It is noted that the bubble velocities in 0.45 wt% CMC
solution in the heterogeneous regime was almost unchanged. This
phenomenon can be interpreted as follows. The bubble rise veloc-
ity measured in this work was the absolute velocity, which was
Fig. 9. Effects of superficial gas velocity and CMC concentration on average bubble
rise velocity.
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viscosity. Stegeman et al. [53] reported similar results in a bubble
column, and concluded that the flow regime had an important influ-
ence on the mode in which the operating parameters affected the
interfacial area.
Fig. 10. Effects of superficial gas velocity and CMC concentration on kla.

he difference of gas holdup in the riser and downcomer. Fig. 3
howed that the difference of gas holdup increased with increased
g in low CMC solutions, which indicated that the liquid velocity

ncreased with an increase in Ug. While in a high CMC solution,
he difference of gas holdup remained constant in the heteroge-
eous regime, which indicated that the liquid velocity remained
onstant in the heterogeneous regime. Since the bubble velocity
as more sensitive to the liquid velocity, the bubble velocity was

lmost unchanged in the heterogeneous regime in 0.45 wt% CMC
olution.

.3. Mass transfer rate

.3.1. Volumetric mass transfer coefficient
The effects of Ug and CMC concentration on kla are shown in

ig. 10. The results show that kla increased with an increase in Ug

nd a decrease in CMC concentration. In water or a CMC solution of
ow concentration, kla showed different variations with Ug in dif-
erent ranges, with a critical Ug of 5 cm/s. Above this critical Ug, the
ncrease of kla became less significant, which was considered as the
ifferent mass transfer behaviors in the homogenous and hetero-
eneous regimes. While in a CMC solution of high concentration,
o clear transition was found for kla. This was in agreement with
he results in the literature that the heterogeneous regime prevails
t a highly viscous liquid even at a low superficial gas velocity [50].

The gas–liquid mass transfer rate is closely related to the hydro-
ynamics, e.g., the variation of kla is similar to that of the gas holdup.
etzel and Stankiewicz [51] reported that the ratio kla/˛g in the
itrogen–water system was almost constant and was 0.5 1/s at dif-

erent system pressures. Jordan and Schumpe [52] also reported
hat kla/˛g in the nitrogen–decalin system was almost indepen-
ent of Ug and gas density, and was 0.45 1/s. Vandu and Krishna
25] reported that kla/˛g in the air–water system was 0.48 1/s, and
as practically independent of the column diameter and Ug. These

esults are interesting and significant, for they indicate a simple rule
hat can be used to estimate kla from the gas holdup. The measure-

ent of the gas holdup is much easier than that of kla. However, this
imple correlation still needs more validation with various liquid
roperties and with different reactor types. The variation of kla/˛g

ith Ug in this work is shown in Fig. 11. In the air–water system,
he value of k a/˛ was almost independent of U and was 0.2 1/s.
l g g

his value was lower than that reported in the literature, which was
robably due to the different type and geometry of reactor used. The
eactor used in this work was a 5 m high internal airlift reactor. The
mall bubbles recirculated in the reactor, and contributed signifi-
Fig. 11. Variation of kla/˛g with Ug and CMC concentration.

cantly to gas holdup but insignificantly to mass transfer. This was
because the limited oxygen in these small bubbles can be rapidly
depleted in the riser and only small bubbles can enter the down-
comer. The volumetric mass transfer coefficient determined by the
CSTR model was based on the volume of the whole reactor, there-
fore kla and the value of kla/˛g in this work were much smaller
than that in the bubble column reported in the literature. With the
addition of CMC, the conditions became more complicated. In the
0.4 wt% CMC solution, kla/˛g was about 0.16; and in the 0.45 wt%
CMC solution, this value was about 0.14. However, kla/˛g was not
constant in the 0.2 wt% and 0.3 wt% CMC solutions, but slightly
increased with an increase in Ug.

3.3.2. Interfacial area and liquid-side mass transfer coefficient
The interfacial area a calculated by Eq. (8) is shown in Fig. 12. In

general, a showed a similar variation to that of kla, i.e., increased
with an increase in Ug and a decrease in CMC concentration. The
increase of a with Ug was more significant in the homogenous
regime than in the heterogeneous regime, especially at a low liquid
Fig. 12. Effects of superficial gas velocity and CMC concentration on gas–liquid
interfacial area.
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ig. 13. Effects of superficial gas velocity and CMC concentration on liquid-side mass
ransfer coefficient.

The variation of kl with Ug and CMC concentration is shown in
ig. 13. In the air–water system, kl was only slightly affected by
g and was 2.2 × 10−4 m/s in the heterogeneous regime. With the
ddition of CMC, kl increased more significantly with increasing Ug,
xcept in the solution of 0.4 wt% CMC. For example, kl in the solution
f 0.2 wt% CMC increased from 1.2 × 10−4 to 2.8 × 10−4 m/s when
g increased from 2.0 cm/s to 12.0 cm/s. The effect of CMC solu-

ion on kl is rather complex and no simple rule could be made.
ote that some data were intercrossed under the similar condi-

ions. This was caused by measurement error. Due to the limitation
f indirect measurement, the measurement uncertainties of inter-
acial area and liquid-side mass transfer coefficient were up to 20%.
onsidering the measurement uncertainty, the estimation errors of
he liquid-side mass transfer coefficient are sometimes larger than
he variations with Ug.

Different results on the influence of liquid viscosity and Ug on kl
ave been reported in the literature. The study of Yoshimoto et al.
15] showed that kl decreased with an increase in liquid viscosity,
hile the study of Maalej et al. [54] showed that kl decreased for

ow Ug and remain constant for high Ug. Yang et al. [55] reported
hat both the interfacial area and mass transfer coefficient increased
ith increasing superficial gas and liquid velocities. The complex

ariation of kl was discussed as below. Vandu et al. [56] reported
hat kl for large bubbles was practically independent of the super-
cial gas velocity and had a value in the range of 0.002–0.003 m/s,
bout 1 order of magnitude higher than the average kl in this
ork. This higher kl value can be attributed to the frequent bub-

le breakup and coalescence of large bubbles that enhance the
enewal of the gas–liquid interface. Thus with the addition of CMC,
he average kl may be estimated by:

1 = klargealarge + ksmallasmall

alarge + asmall
(9)

here the subscripts “large” and “small” are for the large and small
ubbles. Eq. (9) indicates that kl depends on the bubble Sauter
iameter. Here it is assumed that the concentrations are the same

n large and small bubbles. Fig. 14 showed the effect of the bub-
le Sauter diameter on kl. It can be seen that kl increased with
n increase in the bubble Sauter diameter for each solution, and
ecreased with an increase in CMC concentration. The reason is

hat bubble breakup and coalescence are more intensive for large
ubbles and low CMC concentrations. Thus, the complex influence
f CMC concentration on kl was a joint behavior of two opposing
olds. First, the flow turbulence decreased with an increase in CMC
oncentration and led to a lower kl. Second, the number of large
Fig. 14. Effect of bubble Sauter diameter on kl .

bubbles which had a larger kl increased with an increase CMC con-
centration. However, for strict and quantitative discussion, further
study with more advanced measurement is needed.

4. Conclusions

The gas holdup, bubble behavior, interfacial area and gas–liquid
mass transfer in a 5 m high internal-loop airlift reactor with non-
Newtonian fluid were studied. The effects of the superficial gas
velocity and CMC concentration on the global and local gas holdups,
bubble size distribution, bubble velocity, volumetric mass transfer
coefficient, interfacial area and liquid-side mass transfer coefficient
were obtained. The main conclusions were:

(1) Global gas holdup increased with an increase in superficial gas
velocity (Ug) and a decrease in CMC concentration. The radial
profile of the gas holdup in riser became more non-uniform
with an increase in the average gas holdup.

(2) The bubble size distribution became wider with a larger Sauter
diameter with an increase in Ug and CMC concentration. The
bubble rise velocity increased with an increase in Ug and CMC
concentration.

(3) The volumetric mass transfer coefficient increased with an
increase in Ug and a decrease in CMC concentration. The value
of kla/˛g was 0.2 1/s in the air–water system, and it depended
on Ug and CMC concentration in CMC solutions.

(4) The interfacial area increased with an increase in Ug and a
decrease in CMC concentration, and the flow regime had a sig-
nificant effect on the interfacial area. In the air–water system,
the liquid-side mass transfer coefficient (kl) was almost inde-
pendent of Ug and was 2.2 × 10−4 m/s in the heterogeneous
regime. In the CMC solutions, kl increased more significantly
with increasing Ug. No obvious trend was found for the influ-
ence of CMC concentration on kl.
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